cobalt being plotted vs. the total metal
concentration in the water at equili-
brium. This gave the same trends as
nickel. That the distribution coefficient
of cobalt or nickel in a mixture of the
two depends only on the total metal
concentration is concluded.

Separation Factors

When cobalt and nickel were equili-
brated separately with no nitric acid
present, and the initial concentration was
100 g. each metal/liter, the calculated
separation factor was a maximum at 1.49.
When the two metals were equilibrated
together, the actual separation factor was
1.27 for the same concentrations. Hence
having both metals present decreased
the maximum separation factor by about
159,. These separation factors in Table 3
are all low and constant at about 1.26.
The separation factor for sulfates in-
creased slightly when the metals were
equilibrated together and was between
1.2 to 1.5 depending on the sulfuric acid
concentration (7). The separation factor
for the chlorides increased very greatly
with increases in hydrochloric acid con-
centration (3).

Phase Diagram

The phase diagram (Figure 6) is shown
for the ternary system zn-butanol-nitric
acid-water on a metal-free basis; it is
very similar to the n-butanol-sulfuric
acid-water system (8). When the metal
salts cobalt or nickel nitrate are present,
the solubilities of the alecohol in the
aqueous phase and the aqueous phase in
the alcohol phase are lowered and change
the phase diagram markedly (Figure 6).
Densities were determined and reported
in Tables 2 and 3 and elsewhere (6).

Inspection of experimental phase solu-

Heat and Mass

cients in the turbulent-flow region.

The rate of heat transfer in a packed
bed is of particular interest in the process
design not only of heat exchangers but
also of catalytic reactors. The problem
of the rate of heat transfer from the
tube wall to a fluid flowing through a
packed tube has been the subject of
considerable study. The first work of
heat transfer in a packed bed was made
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bility and tie line data, reported else-
where (1) and used to plot Figure 6 show
that the ratio of the nitric acid content
to the water content in the phases at
equilibrium are as follows. In the aqueous
phase the ratio varies from 0.03 to 0.08
depending on the concentration of nitric
acid. In the organic phase the ratio is
about 0.2 to 0.8. Hence at equilibrium the
nitric acid to water ratio is considerably
higher in the organic than in the aqueous
phase, and the acid is extracted prefer-
entially by the organic solvent.

Using the triangular diagram (Figure 6)
and Figures 1, 3, 4, or 5 one can predict
the compositions and amounts of the two
phases resulting fron the equilibrium
of equal volumes of an aqueous solution
and the solvent. Density data can then
be used to calculate relative volumes
of the resultant equilibrium solutions.
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NOTATION

C = concentration, g. metal/liter (not

g. metal salt/liter)

Cy» = equilibrium concentration of metal
or nitric acid in organic phase,
g./liter

C, = equilibrium concentration of metal
or nitric acid in aqueous phase,
g./liter

C,’ = concentration of metal or nitric
acid in aqueous phase before ex-
traction, g./liter

K = distribution coefficient, C,/C,

K’ = distribution coefficient, Cy/(C,)*

n = constant

Greek Letters

B8 = separation factor = K(cobalt)/
K(nickel)

po = density of organic phase at equili-
brium, g./ml.

oo = density of aqueous phase at equili-

brium, g./ml

LITERATURE CITED

1. Geankoplis, C. J., and E. J. Scharf,
Doc. 5827, A.D.J. Auxiliary Publica-
tions Project, Washington, D. C.;
$1.25 for photoprints or 35-mm. micro~
film.

2. Gagnon, J., Chemist Analyst, No. 1,
43, 15 (1954).

3. Garwin, Leo, and A. N. Hixson, /nd.
Eng. Chem., 41, 2298, 2303 (1949).

4, Moore, T. E., R. J. Laren, and P. C.
Yates, J. Phys. Chem., 59, 90 (1955).

5. Rigamonti, R., and T. Spaccemela-
Marchetti, Chim. e ind. (Milan), 36,
91 (1954).

6. Scharf, E. J., PhD.
Ohio State Univ., Columbus,
(1957).

7. Schlea, C. 8., and C. J. Geankoplis,
Ind. Eng. Chem., 49, 1056 (1957).

dissertation,

Ohio

8. Schlea, C. 8., Ph.D. dissertation,
Ohio State Univ., Columbus, Ohio
(1955).

9. Snell, F. D., and C. T. Snell, “Colori-
metric Methods of Analysis,” 3 ed.,
Vol. II, p. 346, D). Van Nostrand,
New York (1948).

10. Templeton, C. C., and L. K. Daly,
J. Am. Chem. Soc., 73, 3989 (1951).

11. , J. Phys. Chem., 56, 215 (1952).

12. Yoe, J. H., “Photometric Chemical
Analysis,” Vol. I, p. 172, John Wiley,
New York (1948).

Manuscript received September §, 1957; revision
received March 19, 1958; paper accepted March £0,
1958,

Transfer from Wall
to Fluid 1n Packed Beds

Experiments of heat and mass transfer from the tube wall to the fluids flowing through
the packed beds were carried out separately. In heat transfer air was used as the fluid,
and several kinds of solid particles with low and high thermal conductivities were investi-
gated to determine effective thermal conductivities and wall heat transfer coefficients.
In mass transfer the dissolution rate of the coated material on the inner wall of the packed
tube to the water stream was measured, and wall mass transfer coefficients were analyzed.
It was found that a close similarity exists between the Jy and Jj, factor for the wall coeffi-

by Colburn (6) in 1931. He correlated
the data as the over-all heat transfer
coefficients, which are similar to those
for an empty tube. Thereafter several
investigators (4, 12, 13) reported the
correlations for over-all coefficients.

For the calculation of the temperature
distributions and explanation of the
mechanism of heat transfer in the bed,

A.1.Ch.E. Journal
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the concept of the so-called ‘effec-
tive thermal conductivity” was intro-
duced. Smith et. al. (21) determined
values of the local effective thermal
conductivity in the packed bed and
found that the resistance to heat trans-
fer increased greatly near the wall.
Hatta and Maeda (15), Coberly and
Marshall (6), and later workers (2, 9, 18,
19, 23) found that an additional resist-
ance to heat transfer existed at the wall.
They assumed the effective thermal con-
ductivity to be constant within the bed
and expressed the additive effect in the
wall vicinity as the wall heat transfer
coefficient.

This paper reports the results of both
heat and mass transfer from the wall of
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TaBrg 1. Souip ParricLEs Usep For HeaT TRANSFER EXPERIMENTS,

G.S.—glass spheres

C.C.—cement clinkers {granular)

L.8.—lead shots (spherical)
S.B.—steel balls (spherical)

Reactor type 1

Diameter of tube: Dy = 36 mm., height: L = 200 mm.

Reactor type 2

Dy = 36 mm., L = 360 mm,

Average diameter

Run  Reactor Solid Particle size* of particle D,/Dy
type material (Tyler mesh range) D, am,

(4) 2 G.8. 20-24 0.764 0.0212
(B) 1 G.8. 2024 0.764 0.0212
) 2 G.8. 16-20 0.909 0.0252
(D) 1 G.S. 16-20 0.909 0.0252
(E) 1 G.S. -_ 2.60 0.0722
(F) 1 G.8. — 6.00 0.167

(H) 2 C.C. 12-14 1.28 0.0355
(D) 2 C.C. 9-10 1.81 0.0503
) 1 C.C. 8-10 1.97 0.0547
(K) 2 C.C. 7-8 2.57 0.0714
(L) 1 C.C. 4-5 4.31 0.120

(N) 2 L.S. 20-24 0.764 0.0212
(0) 2 L.S. 14-16 1.08 0.0300
(P) 1 L.S. — 1.50 0.0417
(@) 1 S.B. —_ 3.10 0.0861

*Geometrical mean size was taken as D,

AR IN

STEAM

IN

N J3—®
O

TRURIS £EUNRRMZORNARA REANANRY
\
|

CRRVRURRVRVRAVANAY

j
™
BRNNRNA

@\\b = ’

AIR OUT <« . @

—®

Fig. 1. Schematic diagram of reactor

used for heat transfer experiment. (1)

packed bed, (2) thermocouple, (3) screen,

(4) steam jacket, (5) bakelite ring plate,
(6) asbestos, (7) steam trap.

the packed tube to fluid flowing through
the beds investigated separately. At
first the effective thermal conductivities
and wall heat transfer coefficients were
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determined for various kinds of solid
particles in the heat transfer experiment.
Then the wall mass transfer coefficients
were obtained from the mass transfer
experiment. The relationship between
heat and mass transfer on the coeffi-
clent will be discussed.

HEAT TRANSFER EXPERIMENTS

Apparatus and Techniques

The main apparatus was a steam-
jacketed, brass tube of 36-mm. I.D. with
1.0-mm. wall thickness. Two identical
reactors with tubes of different lengths
were used, the length of the shorter tube
being 200 mm. and that of the longer one
360 mm. The experimental apparatus of
the shorter tube is shown in Figure 1.
The tube was packed with solid particles
until their top level coincided with the
upper steam-jacket flange. Thick Bakelite
ring plates and rubber packing sheets were
inserted between the flanges at either ends
of the steam-jacketed tube to insulate heat
from the heating section to the connecting
ones. Steam was introduced at the top of
the jacket, and the condensate was with-
drawn through the trap.

Various temperature measurements were
made by means of the copper-constantan
thermocouple leads of 0.1-mm. diameter
which were connected to a potentiometer.
Prior to entering the packed bed the air
passed successively through several sheets
of screen, which obtained uniform flow and
temperature distributions. The temperature
of the inlet air was measured by the thermo-
couples located about 20 to 25 mm. above
the entrance of the bed. The range of the
inlet air temperature was from 10° to 30°C.
The air stream was heated while flowing
downward through the bed under the
condition of uniform wall temperature. The
longitudinal temperature gradients along
the center axis of the tube were measured

A.1.Ch.E. Journdl

TaBLE 2. CoMPARISON OF EXPERI-
MENTALLY OBSERVED TEMPERATURES
Avrong CENTER AXxis oF BEp Wit

CaLcuLATED TEMPERATURES

Run (F) — 1

Diameter of bed: Dy = 36 mm.

Height of bed: L = 200 mm.

Solid partieles: glass spheres, D, = 6.00 mm.

Air mass velocity: G = 2,740 kg./(sq. m.)
(hr.)

Tube wall temperature: ¢, = 100°C.

Inlet air temperature: & = 16.5°C.

Temperature at center axis of

Bed height: bed: ¢, °C.
I, em, Calculated
Observed values from
values Equation (2)
0 16.9
4 21.9 19.9
8 35.3 33.5
12 49.3 47.8
16 61.1 59.4
20 69.8 68.5
Mixed mean temperature of effluent air:
(tm)L’
observed value = 78.8°C.
calculated value from
Equation (2) = T77.9°C.

at every 40-mm. depth from the inlet to
the exit of the bed. Mixing of the effluent
air was done by passing it through three
sheets of screen placed in the throttle of the
adapter, which was made of the heat-
insulating material to avoid heat loss. Just
below the last screen a thermocouple was
set to measure the mixed mean temperature
of the effluent air; the preliminary runs
agsured that the correct mean temperature
could be obtained this way.

The temperature difference between the
saturation steam and outer surface of the
tube was calculated by the equation for the
film type of condensation (16) and found
to be negligible for the purpose. The
temperature drop through the wall of the
brass tube was also negligible. The tem-
perature of the inner surface of the packed
tube was then taken as the temperature of
the saturation steam in the jacket, 100°C.
for all operating runs. After steady state
was achieved, the necessary data were
recorded.

The solid particles used in this investiga-
tion were glass spheres, broken solids of
cement clinker, lead shots, and steel balls
ranging from 0.764 to 6.00 mm., as tabulated
in Table 1. For the solid particle cut by the
Tyler sieves, the geometrical mean particle
size was adopted; the square root of the
product of the two adjacent sieve openings
was taken as the mean particle diameter.
The modified Reynolds number based on
particle diameter varied from 20 to 800 in
this experiment.

Calculotions and Results

In a cylindrical packed tube heated
from the wall the following partial differ-
ential equation for the temperature at
steady state may be used:

¥t 1 6t>

ot
GG = ’“2(5;5 + o

ey
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TasrLe 3. TypicarL Hear TRANSFER RESULTS

Observed values

Mixed mean *
Temperature temperature _ K.&°
Run Air mass Reynolds  Inlet air at center  of effluent C,q
(refer to velocity @, number temperature of bed exit air 2.303
Table1) kg./(sq. m)(hr)  D,G/u fo, °C. (e °C. (twdry °C. om—t
(F)-1 2,740 234 16.5 69.8 78.8 —0.0277
2 4,440 382 18.7 63.6 74.8 —0.0232
3 8,010 691 18.7 56.1 69.2 —0.0189
(I)-1 5,620 145 16.8 70.5 81.9 —0.0165
2 7,990 206 16.2 65.1 79.9 —0.0151
(K)-2 4,220 153 18.6 80.2 88.0 —0.0216
3 5,710 207 20.7 76.3 85.3 —0.0185
4 9,660 352 21.2 71.4 82.2 —0.0164
(0)1 6,790 105 12.0 69.4 82.2 —0.0172
2 9,120 141 12.7 58.0 . —0.0137
*8lope of straight-line portion in plot of ¢,, — ¢, vs. bed height on semilogarithm graph paper.
In the derivation of Equation (1) the I I T IS
following assumptions were made: (1) the
temperature difference between solid and ol
fluid is negligible; (2) the mass velocity )
of fluid is uniform across the tube di-
ameter, and the physical properties of +
fluid are independent of temperature < | ® f 7
variation; (3) the effective thermal con- § /
ductivity is uniform within the bed; X
and (4) the longitudinal heat conduction 2o ® @j N
is negligible. d
A solution of Equation (1), which may
be easily obtained, has already been N
described by Hatta and Maeda (15) and
Coberly and Marshall (6} using the fol- o N ] I |
0 200 400

lowing boundary conditions for the
uniform inlet temperature and constant
wall temperature:

at the inlet:

at = 0, t =t

at the inside surface of the tube wall:
at r= R, k,(0t/0r) = h,(t, — 1)

The solution of Equation (1) with these
boundary conditions is (5, 15)

Rep

Fig. 2. Correlation of effective thermal con-

ductivities for glass spheres and broken

solids of cement clinker. (For symbols see
Figure 4.)

derived results of %k, and 4,. It appears
that the calculated temperatures are

tw -

o~

w i=1

The term & is a root of the following
transcendental equation:

(hoE/k)-Jo(RE) = (RE)-J.(RE)  (3)

For regions of sufficiently large values
of I it is enough to take only the first
term, ¢ — 1, of the series in Equation
(2). The effective thermal conductivity
and the wall heat transfer coefficient are
calculated simultaneously from the slope
of the straight-line portion in the plot of
t., = t against [ on a semilogarithmic
graph paper, the ratio of the temperature
difference at the bed exit, {t, — (t.)z)/
[te — (&)1] = 2-J1(RED/(RE), and with
the aid of Equation (3).

Table 2, for a typical run, shows the
observed temperatures along the center
axis of the tube and those calculated with
the help of Equation (2), which uses the
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somewhat lower than the observed ones,
owing to the inlet air being heated
between the point of temperature meas-
urement and the entrance to the bed, as
pointed out by Coberly and Marshall (5).

The typical heat transfer results and
the data from which they were derived
are shown in Table 3.*

The temperature selected to evaluate
the fluid properties is the arithmetical
mean of the inlet and outlet tempera-
tures.

The relation of k,/k, with Re, = D,G/u
is shown for glass spheres and broken
solids of cement clinker in Figure 2 and

*Tabular material has been deposited as document
5828 with the American Documentation Institute,
Photoduplication Service, Library of Congress,.
Washington 25, D. C., and may be obtained for
$2.50 for photoprints or $1.75 for 35-mm. microfilm.

ALCh.E. Journal

Calculated temperatures

Derived results from Equation (2), °C.

Mixed
mean
Temperature tempera-
at center ture of
k./ky,  h,D,/k, of bed exit effluent air
21.7 15.5 68.5 77.9
28.5 21.6 62.1 73.8
43 .4 30.9 54.1 67.7
19.8 7.61 69.1 81.0
22.7 11.8 63.7 79.1
18.6 10.8 79.9 87.8
22.5 11.8 75.1 84.5
33.9 17.6 70.5 81.7
22.4 6.70 68.2 81.6
20.9 9.98 56.5 76.9

for metal spheres in Figure 3. It seems
permissible to express the values of the
effective thermal conductivity by the
following equation (20, 22) if some
scattering of points at the relatively low
Reynolds number is neglected:

ke/ky = keo/kg + (kr!)ld/ky
= k."/k, + (@B)u-Pr-Re,

€]

where (af)y is the parameter for charac-
terizing the fluid mixing in radial diree-.
tion and is defined as the inverse of the
modified Peclet number for heat trans-
fer due to turbulent diffusion of fluid,
(Pey) g = D,C,G/(k.):q. The values of the
terms in the right-hand side of Iquation
(4) may be determined for the cxperi-
mental range employed in the present
work as follows:

for glass spheres and broken solids of
cement clinker

kE/k, = 6.0
(@B)y = 0.11 for D,/Dr
= 0.021 ~ 0.072
(@B)g = 0.09 for D,/ Dy
=0.12 ~ 017
for metal spheres
kS/k, = 13
(@8)y = 0.11 for D,/Dy (5)

= 0.021 ~ 0.086

The values of (af); in the present
investigation agree well with the theoret-
ical estimates on the basis of the “random
walk” theory of Baron () and Ranz (20),
and they also agree well with the experi-
mental values of the previous invest-
igators (2, 5, 15, 18, 19, 22). The value
of k,°/k,, which is the ratio of the effec-
tive thermal conductivity in stagnant
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Fig. 3. Correlation of effective thermal con-

ductivities for metal spheres. (For symbols
see Figure 4.)

fluid system to the molecular thermal
conductivity of the fluid, for metal
spheres was obtained as about twofold
greater than that for glass spheres and
cement clinker particles. The tempera-
ture level in the bed was less than 100°C.
in all runs; the radiation contribution to
k" may be neglected. The thermal con-
ductivities of the glass and cement clinkers
were less than 1 keal./(m.)(hr.)(°C.),
and those of lead and steel were about
30 and 40 keal./(m.)(hr.)}(°C.), respec-
tively. Therefore it is apparent that the
difference between the value of %,° for
glass spheres and cement clinker particles
and that for metal spheres is due to the
large difference of the thermal conduc-
tivities of the solid particles themselves.
The values of k,° agree with the theoret-
ical estimates of Yagi and Kunii (22).

The data of the wall heat transfer
coefficient were plotted as h,D,/k,
against Re, in Figure 4, and it was found
that the wall coefficient was not so
affected by the thermal conductivity of
solid particles. The results of Plautz and
Johnstone (78) for 14-, and 34-in.
glass spheres in an 8-in. tube, and those
of Felix (9) for 14, and I4-in. glass
spheres in a 3-in. tube were added
in Figure 4; both of them are for the
heating of air flowing in an upward
direction through the packed beds. The
results of the present investigation were
not only for the spheres but also for the
broken solids. All data of the present
work were obtained by the heating of
air flowing downward through the beds.
Although the data of Felix, Plautz, et al.
seem somewhat larger than those of the
present work, the agreement of both
sets of results is remarkable in view of
the difference in experimental method.
The solid line in Figure 4 can be repre-
sented by

hoD,/k, = 0.18Re,” ™ (6)

The effect of the power of the Prandtl
number in the correlation was not deter-
mined because the Prandtl number of
air had a constant value of 0.70.
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for glass spheres, broken solids of cement

clinker, and metal spheres of present work with data of Plautz and Johnstone (18), and
Felix (9) for glass spheres. Where Felix’s data were taken from the literature (I1) and

¢ = 0.4 was assumed.

According to the J factor of Chilton
and Colburn (3), correlated by Jy
(h/CAY(Cou/k,)® for heat transfer,
Equation (6) may be rewritten as

J}[ = O.2OR€1,~0.20 (6@)

The data for ecylinders (5, 9) are
notably higher than those for spheres
and broken solids owing to the difference
in the contact manner of particles
adjacent to the wall. Hanratty (11)
showed that the wall heat transfer
coeflicient on cylinders varied with the
fluid velocity to the 0.5 power, and he
tried to interpret the mechanism of
wall heat transfer by applying the surface
renewal theory of Danckwerts (8).

MASS TRANSFER EXPERIMENTS

Apparatus and Techniques

To explore the relationship between the
wall coefficients of heat and mass transfer
the rate study of the dissolution of an
organic solid coated on the inner wall of
the packed tube to the water stream was
carried out.

Two-naphthol was chosen for the diffusing
solute because of relatively low solubility,
known data of the diffusion coefficient, and
easy measurement of concentration. The
inner wall of the tube was coated by
melting 2-naphthol of chemical-pure degree.
The coated tube with a circular cross section
and smooth inner surface was packed with
solid particles.

The city water was introduced to the
bed, and the flow was always downward to
prevent fluidization of solid particles.
When steady state was attained, the effluent
water was sampled and analyzed by means
of a specotrophotometer at the wave length
of 2,850 A.

Solubility and diffusion coefficient data
on the system of 2-naphthol-water had been
determined by Moyle and Tyner (I17).
Solubility of coated material checked
experimentally, was found to agree with the
values in the literature, used here, within
the range of the experimental error.

The 2-naphthol was relatively insoluble
in water, and so the tube diameter did not
change appreciably during a test. The
solid particles used for this work were silver
sand and glass spheres. The ranges of the
particles and the tube dimensions are shown

TagLE 4. Sonip ParticLEs UskEp ror Mass TRANSFER EXPERIMENTS

S.S.—silver sand (granular)
G.S.—glass spheres

Average

diameter Diameter Height
Run  Solid Particle size* of particle  of bed of bed

material (Tyler mesh range) D,, mm. Dy, mm. L, mm. D,/Dr L/Dr

(4) S8 16-20 0.909 16.0 94 0.0568 5.88
(B) S.8. 20-24 0.764 11.4 75 0.0670 6.58
) S.8. 20-24 0.764 11.0 108 0.0695 9.82
(D) 8.8 2024 0.764 10.8 150 0.0708 13.9
(E) S&8. 16-20 0.909 11.6 49 0.0784 4.22
(F) S8. 16-20 0.909 11.0 108 0.0826 9.82
(@ S.8. 16-20 0.909 10.8 150 0.0842 13.9
(H) S8 16-20 0.909 10.7 75 0.0850 7.01
(K)y GS 20-24 0.764 16.0 100 0.0477 6.25
(L) G.8 14-16 1.08 16.0 94 0.0675 5.88
M)y GS 14-16 1.08 11.3 49 0.0956 4.34
Ny GBS 14-16 1.08 11.0 108 0.0982 9.82
(0) G.8 —_— 2.50 16.0 100 0.156 6.25

*Geometrical mean size was taken as Dj,.

A.1.Ch.E. Journal
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TaBLE 5. TypicarL Mass TRANSFER REsvuLTs

Concentration of 2-naphthol

Water
Run velocity Temperature Reynolds Concentration of Saturated
(refer to o, of efluent  number effluent water (C,,) L, concentration C,, number
Table4) m./hr. water, °C. D,G/u g.-mole/liter g.-mole/liter Sc
X 1074 X 104
4) -1 5.60 18.0 1.34 4.07 40.6 1,100
3 18.2 17.0 4.23 2.35 39.0 1,150
5 46.3 17.0 10.8 1.50 39.0 1,150
8 227 16.7 52.6 0.826 38.5 1,170
12 824 17 .4 194 0.595 39.6 1,130
(0)- 2 149 17.7 9.73 1.61 40.1 1,110
5 52.0 17.8 34.0 0.992 40.3 1,110
7 190 16.7 121 0.571 38.5 1,170
9 680 17.2 438 0.516 39.2 1,140
12 1,900 17.0 1,220 0.404 39.0 1,150
T T T T T T T T T
o0
00 O
L o©|° ]
)
i %O & SAND:
, L o SYMBOL RUN |
Q @ [¢] A
S Q (] E
: L oF o ¢ |
@% -] G
o 0] H
IO_ o)
= © -
1 1 1 1 1 1 1 I 1
] 0 100

T T T T LI

SAND -
SYMBOL Dy/D, RUN 1
0.0568 A
00670 8 7
0.0695 C
00708 D
0.0784 E
00826 F
0.0842 6

]

®9®0OpNOUO0

0.0850

GLASS SPHERES:
SYMBOL Dy /Dy RUN
0.0477 K
0.0675 L
00956 M
00982 N
0156 0O

oepbx+8

% :
i %%&ao\%;‘ 1
T

J

1 1 {

Rep

in Table 4. In this experiment the modified
Reynolds number was from 1 to 1,600, and
the Schmidt number ranged from 1,000 to
1,700, depending on the temperature of
water.

Caleulati and R 14

The following assumptions were made
on the analysis of the mass transfer rate.
The so-called “rodlike” flow oceurs in
the bed, and the concentration of solute
in the fluid adjacent to the inner wall
is saturated. Then for the mean concen-
tration over the cross section the fol-
lowing differential equation is set up in
the bed:

Vol. 5, No. 1
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. 6. Plot of Jp, based on wall mass transfer coefficient, vs. Rep.

™ DTko'(C@ - Cm) dl
= (7"/4) DTZUO de

When one integrates and puts inlet
concentration at zero,

ko = (Dyu,/4D - In [C,/(C, — C,)] (7)

Schmidt mass transfer

Derived results
Over-all
Wall mass

coefficient transfer coefficient
koD,/D, koD,/D, Jp=(ky,/us)Sc???
6.55 7.21 0.523
12.9 13.7 0.309
21.0 21.7 0.191
56.4 57.3 0.104
139 141 0.0700
17.7 17.9 0.179
37.5 37.8 0.108
84.6 84.9 0.0668
262 263 0.0577
580 580 0.0453

The over-all mass transfer coefficients
correlated to k,D,/D, for 16 to 20 Tyler
mesh of silver sand are plotted as a
function of Re, in Figure 5. An examina-
tion of the figure will show that values
of the over-all mass transfer coeflicients
were not affected by the tube length and
that the values of L/D, were varied
from 4.2 to 14. This was similar in ex-
periments for other particles. It was
made evident that the bed heights used
in this experiment were long enough to
obtain the converged values for over-all
mass transfer coefficients which would
be attained at the infinite bed length.

On the other hand, mass transfer
from the wall to the flowing stream in
the packed bed is analogous to the heat
transfer phenomenon already described.
At steady state the following partial
differential equation for concentration of
the diffusing solute may be written:

W90 _ (@ 1aC
T E( +r6r> ®)

The boundary conditions for this case
are

at
=0, =0
at
r =R, E@C/ar) = k,(C, - C)
where the effective diffusivity was

assumed to be uniform within the bed.
The wall mass transfer coeflicient was
defined in the boundary condition at the
inner surface of the wall. The solution of
Equation (8) is indicated directly for the
mass transfer analogue from Equation (2)
for the heat transfer. For the mean con-
centration the following equation is
available:

(' —EEx"‘l/uo
Al 9
03 Z ey [0+ (e )] ©
The derived its and the data f where §; is defined by
e ery r I
Ve esuits a e ata irom kw'JO(REi) — (EE:)JI(RS;) (10)

which they were computed are shown
in Table 5 for typical runs.
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development for heat transfer (15) the
theoretical relation between k., F, and k,
may be derived. The bed could be
regarded as sufficiently long in this ex-
periment. When one substitutes into
Equation (7) the equation which is
simplified by taking the first term in
Equation (9) and putting { = o,

ko =L D7‘~§12/4

results, where
k. -JoRE) = (Bt)-J,(RE) (10a)

The effective diffusivity for mass trans-
fer is the sum of the molecular diffusion
and the diffusion process caused by
turbulent mixing of fluid through the
interstices of the bed. Usually the former
contribution may be neglected as com-
pared with the latter. Although there
are several additional mechanisms that
come into play for heat transfer which
are not possible for mass transfer, for
example transport of heat through the
particles, the modified Peclet number
for mass transfer Pep = Dyuo/E was
assumed to be equivalent to the value
of (Pex)is = D,C,G/(k.):s for heat trans-
fer.

(11)

E/D, = (@B)»-Sc-Re,  (12)
where (@f8), was assumed to be 0.11.
Using Equations (10a), (11), and (12)
one can obtain the values of the wall
mass transfer coefficient from data of
the over-all mass transfer coeflicient.

The calculated results of k,, were listed
in terms of k,D,/D, and Jp =
(kw/uo)(u/pD,)2s in Table 5.* It should
be noted that values of k, are larger
than those of k, by less than 10%,
because of a little contribution of the
eddy diffusivity on the over-all dissolution
rate for the sake of the large values of the
Schmidt number in this system. Plautz
and Johnstone (18) reported that the
value of (aB), was about 259, below
that of (aB)y. Even if their result is
used for the present calculation, it has
little effect on the calculated results of
the wall coefficient. The caleulated data
of the wall mass transfer coefficient are
plotted to J, against Re, in Figure 6.
The data of the glass spheres and those
of silver sand agreed well with the solid
lines represented by the equations

Jp = 0.60Re,™*
for Jaminar flow,
Re, = 1 ~ 40 (13)
Jp = 0.20Re,™*°
for turbulent flow,
Re, = 40 ~ 2,000 (14)

*Tgbular material has been deposited as document
5828 with the American Documentation Institute,
Photoduplication Service, Library of Congress,
Washington 25, D. C., and may be obtained for
$2.50 for photoprints or $1.75 for 35-mm. microfilm.
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It has been generally recognized that
the flow through the packed hed became
turbulent at Re, exceeding about 40,
and this appeared in the correlations for
the wall mass transfer coefficient as
expressed by Equations (13) and (14).

DISCUSSION ON WALL COEFFICIENT

The Prandtl number was omitted in
Equation (6) for the wall heat transfer
coefficient becausc it remained constant,
0.70, for air. In the mass transfer experi-
ment the Schmidt number of the 2-
napththol-water system was limited in
the range of 1,000 to 1,700; therefore the
effect of the Schmidt number on the wall
mass transfer was not determined. But
from comparison of Equation (6a) with
Equation (14), it is interesting to note
that the same equations of the Reynolds
number were obtained for wall coef-
ficients on heat and mass transfer, as
far as the data were correlated to the
J factor (Figure 7). The present investi-
gation for heat transfer was carried out
in the turbulent flow region only, because
at the low flow rate it was difficult to
obtain exact data owing to the small
driving force at the outlet of the bed.
On the contrary the experiment of mass
transfer could be easily extended to the
low Reynolds-number region. The mecha-
nism of heat transfer at the inside of
the tube wall is more complicated than
that of mass transfer, since heat is
transferred through the solid particles
adjacent to the wall in addition to being
transferred by the fluid flow. Even if
the wall heat transfer coefficient is
affected by the former contribution, it
will be little in comparison with the
latter in the turbulent-flow region,
because the analogy of the J factor was
confirmed to exist between heat and mass
transfer.

On the study of the transfer rate from
particle to fluid in the packed bed Ranz
(20) proposed the model theory that the
particle in the bed could be ragarded as
a single particle obtaining an actual

velocity of jet flowing through a minimum
open area formed by particles. For the
rhombohedral packing of spheres the
ratio of the total cross section to the
open area effective for jet formation was
calculated as 10.7, and for the data of
Gamson, Thodos, and Hougen (10) on
the transfer rate from particle to fluid
in the packed bed the effective fluid
velocity was obtained as 9.1 times the
superficial one.

The dependence of the wall mass trans-
fer coefficients on fluid velocity were
similar to that for flow over the flat plate
in both of the laminar- and turbulent-flow
regions. The interpretation of experimen-
tal equations for wall coefficients in the
turbulent-flow region was attempted by
use of the discontinuous boundary-layer
model, which means that the boundary
layer at the wall is continually replaced
with fresh fluid caused by turbulent mix-
ing. In this model theory the wall is
assumed to be covered with discontinuous
boundary layers having the same length,
and the resistance to heat transfer at the
inner wall is assumed to be due to the
boundary layer existing there. For the
interpretation of heat transfer in the
fluidized bed a similar model was applied
by Levenspiel and Walton (14).

The equation of the wall coefficient in
the turbulent flow was obtained by
proposing the following simplified models:
(1) The effective fluid velocity, nine
times the superficial one, makes the dis-
continuous boundary layers on the wall.
(2) The average length of each boundary
layer is equal to the diameter of solid
particle; the boundary layer develops
from the contact point of solid particle
adjacent to the wall, is destroyed at the
next contact point on the wall, and is
replaced with fresh bdundary layer.
(3) The rate of heat and mass transfer in
the boundary layer is similar to that of
a flat plate. For the mean heat {rans-
fer coefficient in the turbulent flow of a
fluid parallel to a flat plate the Colburn
relation (7, 16) has been suggested:

hox/k, = 0.036Pr(zvo/u)"*

T T L ——
; i

® HEAT TRANSFER DATA -

Mo
~ O  MASS TRANSFER DATA
o o, %’ -
~.°
et 1
9 & 0\% o
0%, ©
o .
O - s Y o “ S
L : ¢ 2 g0 4
r L) ’%o.&%%.;'@\ b
[ ]
Q. . .%\\O‘O\_
i
s. o1 L L ' i ! IS | o ! )
t 1o 100 (,000

Fig. 7. Comparison of J; and Jy, for wall coefficient of present work.

A.L.Ch.E. Journal

March, 1959



Substituting 9us for » and D, for z, one
has

Ju = 021(Duop/w) " (15)

The same equation will be derived for J,
of mass transfer. Equation (15) agrees
fairly well with the empirical correlations
expressed by KEquation (6a) for heat
transfer and by Equation (14) for mass
transfer.

CONCLUSIONS

Heat and mass transfer from the tube
wall to the fluid flowing through the
packed beds of various kinds of solid
particles were investigated. Air was used
as the fluid for heat transfer and water
for mass transfer. The results obtained
from the investigation were summarized
as follows:

1. The effective thermal conductivity
of the packed bed was found to be
expressed by

ko /k, = 6.0 + 0.11PrRe,
for

D,/Dy = 0.021 ~ 0.072

k./k, = 6.0 4+ 0.09PrRe,
for

D,/Dy =012 ~0.17

for glass spheres and broken solids of
cement clinker, and by

k./k, = 13 4+ 0.11PrRe,
for

D,/Dr = 0.021 ~ 0.086

for metal spheres.

2. The following correlation was ob-
tained for the wall heat transfer coef-
ficient:

Ju = (h,/C,Q)Prt
= 0.20Re,” " *°, Re, > 20

3. The following correlations for the
wall mass transfer coefficient were ob-
tained for silver sand and glass spheres:

Jp = (lcw/uo)Sc%
= 0.60Re,”*,  Re, < 40

Jp = (kw/uO)Sc%
= 0.20Re, ", Re, > 40

NOTATION

C = concentration of solute in fluid,
M/L3

C, = mixed mean concentration of
solute in fluid over cross sec-
tion, M /L3

C, = specific heat of fluid, Q/MT

C, = saturated, concentration of
solute, M /L3

Vol. 5, No. 1

= diameter of packing particle,
tube diameter, L
, = molecular diffusion coefficient,
L2/8
E = effective diffusivity in radial
direction, based on void plus
nonvoid area, L2/6
superficial mass velocity of
fluid based on empty tube,
M/L%
wall heat transfer coefficient,
Q/L28T
Jp = J factor correlating wall
mass transfer coefficient =
(k.. /u0)Sc?3, dimensionless
Jg = J factor correlating wall
heat transfer coefficient =
(hy/CyG) Pr/3, dimensionless
Bessel function of first kind of
zero order, dimensionless
Bessel funetion of first kind of
first order, dimensionless
effective thermal conductivity
in radial direction, based on
void plus nonvoid area, Q/L8T
molecular thermal conductivity
of fluid, Q/LOT
= over-all mass
ficient, L/6
wall mass transfer coefficient,
1./0
longitudinal distance variable, L
length of packed bed, L
modified Peclet number for mass
transfer = D,u,/E, dimension-
less
modified Peclet number for heat
transfer = D,C,G/k,, dimen-
sionless
Prandtl number = Cu/k,
dimensionless
radial distance variable, 7.
radius of tube = D;/2, L
modified Reynolds number
based on particle diameter =
D,G/u, dimensionless
= Schmidt number =
dimensionless
temperature in packed bed, T
temperature at center axis of
tube, T
mixed mean temperature of
fluid over cross section, T
inlet temperature of fluid, 7
temperature of wall, T
superficial fluid velocity based
on empty tube, L/60
velocity of main stream outside
boundary layer, L/8
length of boundary layer, L

transfer coef-
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~
[
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Greek Letters

(a)p = E/Djus, dimensionless

(@B p= (k.).a/D,C,G, dimensionless

€ = fractional void in bed, dimen-
sionless

" = viscosity of fluid, M /L6

p = density of fluid, M /L3

Subscripts

L = bed exit

id = turbulent diffusion

A.l.Ch.E. Journal

Dimensions

L = length

M = mass

Q = quantity of heat
T = temperature

0 = time
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